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J. INTROD UCTION 
] . Commercial Developments 
The utili za ti on of the chemical process of catalytic dehydrogenation 
is becomi ng more important as a commercial means for synthesizing 
specia l types of hydrocarbons. Paraffinic hydrocarbon s constitute the 
primary source of feed stock from which olefini c and acetylinic com-
pounds are derived. Undoubtedly the mos t important commercial ap-
plication of thi s p rocess is in the synthetic rubber industry, in which 
butylenes are catalytically converted to butadiene. Both thermal and 
catalytic mean s were used during World War II to produce butenes; 
cata lytic processes produced the major portion. The catalytic con-
version of butenes to butadiene was a low pressure operation using 
s team as a diluent. Another new application is the producti on and 
purification of B-butylene, which is oxidized to maleic anhydride. 
2. Scope of In vestigation 
Thi s Circular treats of the thermodynamic equilibria of the de-
hydrogenation of butanes, thereby providing a theoretical basis for 
interpretation of laboratory and commercial research data. A discu s-
sion of yields in terms of the process variables- temperatures, pres-
sure, se lectivity, space veloc ity, and catalyst- is presented, together 
with actual yield data for the hydrocarbon reactions. The type, com-
position, and methods of preparati on of dehydrogenation catalysts are 
studied. The importance of proper regeneration, and catalyst poisons, 
are noted in their effect upon catal ys t activity. 
From laboratory data a practica l commercial plant is outlined fo r 
process engineering design. A 1930-bbl-per-s tream-day n-butane fluid 
catalytic dehydrogenati on unit has been chosen as an appropriate ex-
ample. Thermodynamic data are developed for the process calculations 
which exemplify fluid catalytic techniqu e. Preliminary engineering 
sketch es and fl owsheets are included. 
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II. THEOR ETIC AL BASJ S 
3. Thermodynamic Equilibria 
In order to evaluate the conditions necessa ry to promote dehyrdo-
genation of simple paraffinic hydrocarbons, Frey and Huppke(1) * pre-
pared reacti on equilibrium data over a wide range of conditions using 
chrome oxide gel catalyst. Using the mass acti on equation, 
K = (CnH2n) (H 2) 
(CnH2n+2) 
equilibrium constants were calculated for isobutane and n-butane de-
hydrogenati on. Concentrations used for partial pressure of components 
were expressed in atmospheres. In addition to the equilibrium con-
stants, the free energies of reaction were calculated for two temper-
atures from the basic equations: 
!!..H, = !!..Ho - llaT 
!!..F, = !!..H0 - llaT ln T 
!!..F = !!..H - T!!.. S 
These values for th e individual hydrocarbons are as follows: 
1. 
2. 
3. 
4. 
nC4H1 0 - C2H oCH = CH2 + H 2 
iC4H1 0 - (CHa)2C = CH2 + H 2 
nC4H10 - CHaCH = CH CHa (cis.) + H 2 
nC4H1 0 - CHaCH = CHCHa (t ran s.) + H 2 
F (ca lories) 
400 deg C 600 deg C 
8,120 1,960 
6,230 70 
7,910 1,750 
7,420 l ,260 
F or the above reactions the equations for changes in free energy 
with temperature are given: 
1. !!..F = 25,790 - 9.21 log T - 0.21 T 
2. 
= 23,900 - 9.21 log T - 0.21 T 
3 . = 25,580 - 9.21 log T - 0.21 T 
4. 
= 25,090 - 9.21 log T - 0.21 T 
Equilibrium consta nts for the same reactions are as fo ll ows: 
K = ( C H 2n) (H 2) 
(CnH2n+2) 
* The parenth esized superf:cripts refer lo the corre.-s ponding\y nurnberC'd entrie8 in Appendix .A : Gf'neral Bibliography. 
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R eaction 400 deg C 600 deg C 
1. 0.0022 0.8 
2. 0.010 l.5 
3. 0.0028 0.9 
4 . 0.004 1.0 
Reaction rates and degrees of completion of the reaction should be 
considerably greater at 600 C (1110 F ) than at 400 C (750 F ). In the 
case of isobutane the conversion equlibrium is such that the free 
ene rgy requirement at 1110 F is almost negligible, while the values 
for other butanes are somewhat higher . 
Other investigators<2) have compiled similar data, including the fore-
going results of Frey and Huppke. The combined data show some 
deviation for equilibrium constants at a given temperature; but, in 
genera l, all conform to the same pattern of rate of change with respect 
to tem perature. The range of data, limited for butanes to about 500 C 
in Frey and Huppke's work, has been extended by Grosse and Ipatieff 
to approxim~fely 730 C (1346 F ) . 
4. Chemical Reactions 
Butane deh ydrogenation reactions are indicated in si mplified form 
as follows: 
CH a 
i-Butane 
CH a 
\ 
CHCH3 
I 
n-Bu tan e CH a CH2 CH2 CH :i 
CH a 
\ 
c 
CH a 
CH2 + H 2 
CH 3 CH2 CH = CH2 + H 2 
CH 3 CH = CHCHa + H 2 
(c is. & trans.) 
n- Butylene CHa CH2 CH = CH2 = CH2 = CH - CH = CH2 + H 
CHa CH = CHCH3 = CH a - C - C - CHa + H 2 
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III. Y1 ELos- As F uNCTIONs or PROC ESS VARIABLES 
5. Process Variables 
a. Temperature.- The degree of conversion in catalytic dehyd ro-
genation processes depends on several major variables. Of these, tem-
perature has been most widely studied. Inves tigation s <1l have been 
made on n-butane and isobutane at temperatures ranging from 662 F 
to 932 Fat atm ospheric pressure. Additional work (6 · 3 · 4· P-4• P-5o) has 
extended the temperature range on these paraffin s to 1382 F. M ono-
olefin s <
4
l , particularly n-butane, have been dehydrogenated at 1112 F. 
Figure l shows qualitatively the effect of temperature on conversion. 
b. Pressure.-The effect of the pressure of the hydroca rbons in 
the reaction zone upon yields is also an important variable. \Vhereas 
variations in total pressure on the sys tem may not indicate much change 
in yields, the variation of partial pressure with conversion is appre-
ciable. Much of t he basic exp loratory work has been done at atmos-
pheri c pressures <i. 3J and subatmospheric pressures without the benefit 
of diluent gases, such as steam or nitrogen. Catalytic dehydrogenation 
operati ons <1> have been carried out at about 35 p. s. i. gage, with a pres-
sure drop of approximately 30 lb across the bed for n-butane and 60 lb 
for isobutane. In these operations no diluent gas was present. Addi -
tional data lsl di sclose deh ydrogenation of n-butenes to butadien e at 
4.4 p. s. i. absolute and 1.26 p. s. i. absolute in laboratory operations. 
Other experiments <2! compared catalytic dehydrogenati on results at 0 
p. s.i. gage with thermal deh ydrogenati on at 0 p. s.i .gageand 85 p. s.i. 
gage. Buty lene yields for catalytic operations were far superi or to 
those from thermal deh ydrogenation for compara ble con tact times. 
c. Selectiuity.- Grosse and Ipatieff <2l have indi cated the degree of 
convers ion of normal butane a nd isobutane as a functi on of space 
ve locity, assuming other conditions con stant. Based on t heir calcu la-
tions for a vo lum etric space velocity (s td cu ft gas hr cu ft cata lys t ) 
of 300 V / (hr) (V) at 1112 F, catalytic con version of n- bu tane t o butene 
of 20 weight percent was observed, and a t 150 V (h r) ( \ ') , 39 weight 
percent conversion was obtain ed. I sobutan e conversion at 300 V (hr) 
(V) was also 20 weight percent, and at 150 V; (hr) ( \.') was 41 weight 
percent. Th e catalytic agent used for these experiments was chrom ic 
oxide depos ited on alum ina. Butene concentration in the reactor 
outlet gas was 17 volume percent for the lower con version, and 3 1 
vo lume percent for the hig her con version. 
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d. Space //e!ocity .- Con version is markedly affected by space 
velocity, which is a process variable equally as important as temper-
ature and pressure. Burgin, Groll, and Roberts <Bl have described de-
hydrogenation operations with isobutane over activated alumina a t 
1112 F. At a space velocity of 200V 1(hr)( V) , 30 percent isobutane was 
obtained. This compares favorably with the data by Grosse and Ipa t-
ieff. H Regeneration by air at 1112 F to 1292 Fis claimed to be a 
safe operating range for this catalyst. Additional developments <il a re 
disclosed in sem icom mercial deh ydrogena ti on resu I ts on normal butan e 
and isobutane with varying space velocities. For n-butane at 1460 
V/ (hr)(V), 980 F, and 35 p.s.i. gage average pressure, the yield of 
butene was 26 mole percent. For isobutane, the average conversion 
at 1020 F, 1360 \ ' 1(hr ) (V ) , and 30 p.s.i. gage was approximately 28 
percent. 
e. Catalysts. - The effect of catalyst compos1t1on is extremely im-
portant because the con version varies widely, depending upon the cata-
lyst used for any fixed set of operating conditions. Details concerning 
this phase of the subject are fully discu ssed in Chapter IV. 
6. Summary of Dehydrogenation Data 
The reaction conditions for dehydrogenation of butanes are sum-
marized in the following tables. The data shown include conversion s 
over a wide range of process variables. Though most of the operations 
were conducted as fixed bed processes, some of the most recent butane 
dehydrogenation work was carried out in a fluid catalyst unit. 
(a) n-Butane i- Butane 
R eference (P-2) (P-3) (P- 1) (P-1) 
Catalyst PbO-Fc20 aA'20a Cr20 a-I 7% AhOa-92.6% Cr,O, 
Space Velocity -
V/ (hr) (V) 
T emperature-deg F 
Pressure , atmospheric 
Con version - mole % 
Selectivity- mole % 
Coke- wgt % 
45- 55 
1112 
I 
68 .8 
26 . 7 
(b) lsobutanc Conversion (P-4) 
T emperature 1112 deg F 
AhOa-83% CoO -1.85% MgO 
ZnO -l.85% 
600-720 
940 
I 
40 
73 . 7 
PbO -1.85% 
Cr,0 3-1.85% 
50-70 
1112 
I 
64 .8 
38 .3 
50- 80 
1112 
I 
65 
38 
Pressure l at. 
Space Velocity 50- 70 V / (hr) (V) 
Catalyst: Magnesium oxide impregnated with 
zinc acetate chromic oxide, cobaltous nitrate, and 
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Y ields* (mole % ) 
Time afte r start - hr 40 80 150 
i-Bu ty lene 24 . 6 23 . 5 24 . 6 
n-Bu ty lene and Propylene 6 . 3 5 . 2 5 . 4 
Ethylene 2 .2 2 .3 4 .6 
Paraffins 35 . 0 37 . I 35 . 4 
Hydrogen 31 .9 31.9 30 .0 
11 
250 
24 .6 
5 .9 
2 . 1 
38 .4 
29 .0 
Catal ytic activity for the above catalyst at operating conditions was substantially 
mainta ined for 10 days. 
T he above yields indicate approach to calculated equilibrium mixture of 1/ 3 hydro-
gen, 1/ 3 butylenes, and 1/ 3 isobutane. 
Gas volume at 32 F and 1 at. 
(c) n-Butane Conversion (P-4) 
Temperature 1112 F 
Pressure I at. 
Space Velocity 45- 55 V / (hr) (V) 
Catalys t: Magnesium oxide impregnated with lead chromate and ferric 
Yields* (mole %) 
Time after start- hr 40 60 
n- Butylene 18 .6 18 .3 
Propylene 12 . 3 11 . 4 
Ethylene 2 . 3 2 . 4 
80 
17 .5 
9 .8 
4 . 7 
n-Butane 41 .0 42 .9 43 . 7 
Hydrogen 25 .8 25 .0 24 .3 
Catalytic activity remained fairly consi stent for the 5-day test period. 
sulphate 
120 
16 .0 
9 .3 
2 .2 
50 . 1 
22 .4 
Meinert has described a process (P- 5l for butylene dehydrogenation 
to butadiene, in which two reactors are alternating reacting and re-
generating. The catalyst used consisted primarily of magnesium oxide 
with small additional amounts of iron oxide, and a stabilizer of copper 
oxide and a promoter of potassium oxide. This type of catalyst is 
stated to be particularly stable to steam, which is the important diluent 
in the process. 
The main advantages claimed in Meinert's process are: (1) the use 
of high temperature steam during regeneration, thereby facilitating 
complete removal of carbon from the catalyst; and (2) economy in 
heat, since one heating of the steam serves for both steps of the pro-
cess- regeneration of catalyst and dehydrogenation. 
The data presented graphically in Fig. 1 show dehydrogenation 
yields for corresponding space velocities and temperatures, with alumina 
base catalysts. In general, the space velocity can be maintained fairly 
high, and reasonably good yields of 20 to 25 weight percent of un -
saturates obtained. At lower space velocities, higher yields are obtained. 
A trend of higher yields for increased temperature with constant space 
velocity is indicated. It is difficult, however, to interpret the effect 
of variation of catalyst composition as temperatures were changed. 
*No corre'i ponding coke figure g i,·en. 
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The miscellaneous data shown in Fig. l are plotted on the same sca le; 
the results appear to fall in the corresponding yield-space velocity 
positions. The data are segregated to eliminate over lappin g of lin es. 
In these data one of the most important results has been omitted-
the coke yie ld . Only in isolated in stances has such information appeared. 
Without knowing the coke yield, it is extremely difficult to use the 
remaining data with satisfactory results from a design standpoin t. 
Since catalyst activity decreases markedly with increased coke depo-
sition as the reaction cycle proceeds, it is imperative that regeneration 
facilities be provided for any continuous operation. \~1 hether the coke 
yield is (say) 0.2 weight percent or 2.0 weight percent for a given 
yield , temperature, catalyst, and space velocity must be determined. 
\Vhere coke formation is very low, it may be possible to regenerate 
through the water gas reaction by the use of steam only. 
The use of air in regeneration of fixed catalyst beds requires addi-
tional piping and valves, and thus increases the cost o f the unit. It is 
not possible, however, to regenerate with steam in all cases, for two 
reasons-some catalysts are sensit ive to water vapor, and the temper-
ature of regeneration by steam is often higher than can be tolerated 
without destroying catalyst structure . 
In a new endeavor to improve ca ta I yst processing, Block and Schaad (ll ) 
have developed a procedure for converting n-butane to isobutene in one 
combined catalytic dehydrogenating (chromia-alumina catalyst) and 
isomerizing step (si lica-alumina-th oria catalyst). Two separate cata-
lyst preparations were used: (a) mixed powdered catalyst formed into 
pellets, and (b) mixed bed of separately pelleted catalysts. With the 
mixed catalyst (pe llets of the separate catalysts) the reactions were 
carried out at temperatures of 930 F, 1000 F, and 1110 F, at space 
velocities ranging from 200 V / (hr)(V) to 1400 V (hr )(V). Under 
these conditions the following general trends were observed. 
a. Conversion 
The conversion decreased with increased space velocity, the rate of decrease being 
greater at the higher temperature. 
400 VI (hr) (V) 
1000 V / (hr) (V) 
b. Dehydrogenation Efficiency 
Conversion , percent 
930 deg F 1000 deg F--1110 deg F 
18 
IO 
32 
29 
-----
65 
42 
This factor decreased with increased temperature but improved with increased space 
velocity. At 930 F and 1000 V / (hr) (V), it appears that dehydroge nation effici enc y is 
high, but the net yie ld is low. 
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400 v I (hr) (V) 
1000 VI (hr) (V) 
c . Butene Yield 
Deh ydrogenation Efficiencr 
930 deg F 1000 deg F 1110 deg F 
82 
96 
70 
82 
45 
62 
13 
The yield decreased with increased space velocity, and increased with temperature 
for a given space velocity. At 930 F the results indicated an optimum yi eld of 16 mole 
percent at 400 V / (hr) (V). 
400 V/ (hr) (V) 
1000 VI (hr) (V) 
d. I somerization, percent 
Butene Yield , mole percent 
930 deg F 1000 deg F 1110 deg F 
16 27 35 
9 23 22 
l somerization results showed a genera l decline for increased space velocity, 
temperature changes the data indicated a maximum yield at about 1000 F. 
400 v / (hr) (V) 
1000 V/ (hr) (V) 
e. Carbon - Weight percent 
Isomeriza ti on, percent 
930 deg F - , 000 deg F--, 110 deg F 
---- ------
12 25 
0 22 
14 
19 
but for 
As might be expected, carbon yields increased with temperature for a given space 
velocity, and dec reased with increased space velocitv at constant temperature. -
400 \'/ (hr) (V) 
1000 V/ (hr) (V) 
Carbon, Weight percent 
930 deg F 1000 deg F 1110 deg F 
I 
0 2 
4 
I. 5 
----- --
8 
4 
After a study of the conversion trends using the composite cata-
lyst in the same range of operating conditions, it appeared that the 
composite catalyst possessed greater activity at 930 F, although in-
creased side reacti ons were more evident than with the mixed cata-
lyst. At 1020 F thi s catalyst was less active than the mixed type at 
1000 F. Xo general advantage was observed for the composite cata-
lyst as compared to the simpler mixed bed. 
An innovation in catalytic dehydrogenation processi ng has been de-
sc ribed by R oetheli and Scharmann. (P- 6) \Vh ereas most of the cata-
1 ytic processes hitherto mentioned were fixed bed systems, th is pro-
cess is a fluid powdered cata lyst process , similar to the fluid catalytic 
cracking process which has been demon strated industrial!~· with much 
success. Thi s unit, as described, has been proposed for dehydrogenating 
butenes to butadiene, but bv the necessary adju stment of process and 
engineering details the general process is applicable to any lwdro-
ca rbon deh ydrogena ti on opera ti on. 
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IV. CATALYSTS 
:\ wide variety ot catal~'sts with different chemical and physical 
characte ri stics has been studi ed for dehydrogenation reactions. Only 
a relatively small number, however, have been tried and used success-
fully in comme rci al installations. 
7. Composition 
Catalysts may be divided into two groups according to their chemical 
source- natural and synthetic. ~atural catalysts, such as fuller's earth, 
pumice, montmorillonite, bauxite, and kieselguhr, have been used <7l 
as catalysts for reactions of this type, with some success. In the main, 
however, these materials have been used as carriers of additional metallic 
oxides which have been found to be more active in promoting chem -
ical reactions. Another group of catalysts of the simpler type which 
might be classed in the synthetic group includes charcoal, activated 
alumina, graphite, coke, and silica . These materials have been used 
in various experim ents as catalyst supports, with oxides of Group VI 
or Group VIII metals added. Other materials designated as promoters 
and stabilizers have been added to one or more of the aforementioned 
materials to improve catalytic properties. :\n enormous amount of 
experimental work has been carried out by many investigators to 
obtain cata lysts which will give high vields of the selected dehydro-
genation products. In the attached patent bibliography (Appendix B) 
practically every patent mentioned contains procedures for preparing 
specia l catalysts. 
Some types of compounds, such as oxides, are desirable because of 
the degree of reducti on taking place during reaction or because of the 
degree of hydration. It appears that CuO, "\'iO and Fe203 have under 
some conditions good catalytic action in the lower temperature range 
because of being thermally unstable at high temperatures. :\lkali 
oxides are more stable at high temperatures, a nd in some instances 
tend to catalyze surface reactions. 
Besides the chemical considerations involved in determining active 
dehydrogenation catalysts, certain physical aspects have a direct bear-
ing upon the effectiveness of the catalyst. The type and the physical 
s tructure of the carrier bearing the activating ingredients are import-
ant in securing good results. It has been shown that materials pre-
pared in a certain manner may be especially adsorptive but are not 
necessaril~· active cata l~· sts. Jn general, the surface of a highly adsorp-
tive catal,·st is more likely to prom o te the desired reaction, si nce more 
catalyst surface is exposed to contact with the reactants . This fact 
has been demonstrated (7) by "activating" silica, charcoal, or alumina 
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by heating to a temperature suffi cient to remove air or water of h~·dra­
tion, thus producing a particle with a large number of pores exposing 
tremendous surface. Th e material so treated has improved activity 
when placed in the reaction zone without further contaminati on. 
Another factor that affects the activity of a catalyst is its crystal 
structure. It has been stated <7J that active centers of a catalyst are 
located on corners or edges of the crysta ls. The degree of adsorption 
of reactants is also subject to the crysta l structure of the catalyst. 
If, by overheating or poisoning by some means, the crystalline nature 
of the catalyst changes, the activity is materially reduced. Fusion of 
a catalyst destroys its crysta l structu re. 
Other factors which bear upon the overa ll activity of a catalyst 
are : ( I ) state of dispersion of active ingredients upon the carrier, 
(2) mechanical strength of the carrier, (3) amou nt and concentration 
of both catalyst and carrier, (4) degree of hydration, (5) shape (pellets, 
cylinders, spheres), size and density, and (6) powder (particle size-
average, minimum, maximum). 
8. Preparation 
In a ll catalysts it is extremely important that good dispersion of 
the active ingredients over the carrie r be effected. Many of the dehy-
drogenation catalysts have been prepared for laboratory or pilot plant 
use and are quite satisfactory for such service when carefully handled 
in relatively small quantities; but because of cost, mechanical strength, 
attrition, or size and shape requirements these materials would be 
highly unsatisfactory when used in commercia l-scale equipment in -
volving tons of material. 
In preparing a synthetic catalyst several conditions are important: 
I. A carrier of high porosity. 
2. Concentration and pH value of so lutions of sa lts, or hydroxides 
from which metal oxides are obtained. 
3. Amounts of the various ingredients. 
-!. Temperature of mixing and rate of cooling. 
5. D egree of drying after gel or precipitate is formed. 
6. Dryin g atmosphere (H 2, ~2, air) . 
In addition to the factors governing the details of catalyst prepar-
ation, the following overall requirements for a good dehydrogenation 
catalyst <2l mu st be named: 
I. Selective decomposition- abil ity to split carbon-hydrogen bonds 
without breaking carbon-carbon linkages. 
2. :\bi Ii t~· to regenerate easil ~ · when covered with ca rbon deposits. 
3. :\ ctive life of thou sands of hours. 
4. Low cost of material s and of manufacturing process . 
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Cata lrsts prepared for sm all -sca le laboratory work may be crushed 
to granular material of reasonable uniformity of size. But thi s treat-
ment is not sati sfactor y in large-sca le commercial reacto rs, on accoun t 
of increased resi stance to gas fl ows due to packing a nd consequent 
fines formation. T o overcome thi s difficult~· , pelleting of ca talys ts has 
been employed extensively. Cylinders, shapes, ball s, o r rings have 
been used that range in size from so-called microspheres to 1 in . Lim -
itati ons develop as to ease of manufacture of size or shape. Probably 
the most important limitation as to pellet diameter is the ability of 
reactants to utilize the internal surface of the catalyst, and the abil ity 
to regenerate after coke has redu ced catalyst activity. The smaller 
t he ca tal ys t particle, the greater the efficiency of contact of reacta nts, 
or regeneration gas, with the catalyst. For s tatic bed commercial 
un its, so lid cylinders of 14 in. x 14 in. or 1 8 in. x 3 ·18 in., etc., have 
been most practical. \ \ ' he re a bed depth of 15 ft o r 20 ft is used, the 
size might be somewhat larger to reduce pressure drop . F or shallow 
beds of I to 2 ft, material of 6 to 10 mesh or even fin er might be suitable. 
The friability of the catalyst is another important factor in catalyst 
preparation, since the produ cti on of fines in a pellet fixed bed or mov-
ing bed sys tem represents in creased cost, even if th e fin es are recovered 
a nd repelleted. In the case of powdered catalyst such as is used in 
fluid catalpt cracking unit s, the fin es produced may be recovered to 
a high degree by mean s of a Cott rell precipitator, the rem ainder being 
lost permanently. Meth ods to minimi ze this loss are consta ntly being 
developed. T o combine the proper physica l characteristics with th e 
desired chemical characteristics has been one of th e maj or p roblem s 
of industrial catalytic processes. 
9. Catalyst Activity 
Th e activity of a cata lyst is a measure of its a bility to p ro mote the 
desired reaction and thus yield the proper produ ct dis tributi on. T o 
be com mercially attractive a catalyst mu st have high act ivity wh en 
fresh and be able to sustain a relatively high percentage of the orig-
inal act ivity value over a long period- i.e., severa l thousand hours. 
:\ s has been poi nted out, the long life is pred icated upon the abilit~· 
to regenerate th e catal ~' st satisfactorily after practica l reaction- time 
intervals. Thi s means that coke deposited upon the cata i)'St must 
be removed b)· steam, air, or ot her gases in order to free th e surface 
suffi cientl y to prom ote dehydrogena ti on in the proper mann er. In 
addition to coke acting as a cause of act ivity reducti on, a wide variety 
of foreign material s (com mon ly described as cata l~ · s t poisons) ma y 
enter the reaction s ~ · s tem, and b~· adsorption or reaction with the 
,cata h ·s t bring about deactivation. 
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In order to appreciate the mechanism of poi soning of a catalyst, 
it is desirable to di scuss the pos tulated mechanism for promoting re-
act ion by the ca ta! yst . J t has been pointed out by Tayl or (SJ that a 
cata lyst is composed of active centers- i.e ., places of unsaturated 
valences which influence the reacting molecules in loosening their 
atomic bonds. In thi s process some of the atom s which are set free 
adhere to the catalyst, resulting in gradual decrease in available cat-
a lytic surface. In the case of metal oxides used as catalysts, there is 
belief that some change occurs as follows: 
2 M eO + 0 2 :::'.. 2 M e02 
2 Me + 0 2 :::'.. 2 MeO 
This type of reacti on is possible in the case of Al20 a, Cr20a, Fe20 a, 
Mo0 2, and l\!ln20a, and might be described as one in which the system 
contains mobile oxyge n. The oxygen, however, is still securely bound 
to the metal, since during reaction no loss of 0 2 occurs. Where two 
or more oxides are used- for example Al20a and Cr20 a, plus a small 
addition of K 20 - the freedom of 02 to move, in terms of oxygen ten-
sion, is amplified. Thi s increased freedom may be due to interchemical 
reaction between the ox ides themselves. Investigati on by x-rays <7l 
to determine crystalline aspects of catalysts in various stages of dem-
onstrated activity has been carried out. According to E ske!! <7l x-ray 
studies have shown actual incorporation of ferric oxide lattice into the 
aluminum oxide lattice. 1\ s a result of such formation within the 
so lid, it is believed, surface distortions are caused which result in 
ionizing of the surface molecules. >l"yrop <7l has suggested that adsorbed 
molecules react with each other like molecules in the gas phase , with 
a resulting decrease in activation energy due to ionization and an 
increase in the number of active collisions between molecules. 
Aside from coke depos iti on upon a catalyst during dehydrogenation, 
the prime cause of catalyst deactivation is poisoning. This effect is 
the result of a change in the catalytic properties due to the physical 
or chemical changes of the material acting as a ca tal ys t. This deacti-
vation may be caused by reaction of the catalyst with the reactants, 
or by inclu sion of some foreign components in the reactor feed or other 
stream s that enter th e reactor during the reac tion or regeneration 
process periods. The poisoning may be temporary or permanent <7>; 
or it may be reversible, depending upon the type of poi son and the 
type of catalyst. So-called catalyst fatigue may result from prolonged 
catalyst age, high temperature, or initial addition of substances, causing 
a partial poi soning. Selective poi soning ma y occur when the rate of 
covering a catalyst with the poi son varies with the number of active 
centers. It is assum ed that the poi son has no ca tal yti c activit~· . It is 
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also possible that during catalyst preparation undesirable material s 
may be included in the catalyst, causing subsequent poisoning. Thi s 
point has been borne out by the meticulous care specified in catalyst 
preparation, as indicated in the foregoing section. 
Materials which constitute common poisons to many catalysts are 
air (oxygen), water vapor, carbon monoxide, carbon dioxide, sulfur 
and its compounds, such as H2S, S02, HRS, and iron. It is likely that 
in the case of dehydrogenation of butanes most of these components 
could be eliminated or minimized so far as deactivation of the more 
common dehydrogenation catalysts is concerned. Iron may be mini-
mized by using chrome-nickel alloy materials in the reaction zone. 
Sulfur compounds may be eliminated by proper pretreatment of the 
hydrocarbon feed. \Yater vapor and other combustion gases may 
affect individual catalysts in varying degrees. 
10. Regeneration of Catalysts 
In catalytic dehydrogenation the reactants may deposit coke on the 
catalyst. The coke must be removed if the catalyst is to continue to 
promote the desired reaction. The rate of coke deposition tends to 
decrease as the coke is laid down on the catalyst. The result is a pyra-
miding of coke production, due to more thermal cracking than catalytic 
dehydrogenation at the operating conditions. Therefore, in order to 
limit this effect, the reaction conditions must be controlled so that 
the original activity does not decrease too severely. 
If the system is a fixed bed operation the reaction time may be as 
long as 6 to 8 hr, depending upon the coke yield, before the bed must 
be regenerated. The reaction period is a function of catalyst, space 
velocity, temperature, and pressure, which in turn determine the coke 
deposition and activity level. Other considerations determining reaction 
period are the time intervals required for switching from reaction to 
regeneration and back again, and the regeneration period itself. If 
the cycle is too short the switching operations take too large a per-
centage of the total time, so that the economics of the whole process 
is less attractive. The regeneration period itself affects the total cycle 
time, depending upon the means of regeneration- air, air plus recircu -
lated flue gas, or steam. The degree of regeneration- that is, coke 
reduction on catalyst- al so bears upon the regeneration time require-
ment. For in stance, it may take twice as long to drop the coke on the 
catalyst from 0.8 weight percent to 0.2 weight percent as to go from 
only 0.8 weight percent to 0.4 weight percent. \\'here s team can be 
used to effect s ati s factor~· regeneration, the operations are somewhat 
simpler from a process and engineering standpoint. 
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The regeneration variables that determine the degree of coke reduc-
tion are as follows: 
l. Catalyst - Surface and adsorptive characteristics. 
2. Temperature- Minimum for coke combustion. 
- Maximum for catalyst sintering. 
- Practical operating differential, if flue gas recircu-
lation is used. 
3. Pressui·e - Regeneration at reaction pressure. 
- Regeneration at pressure lower than reactor. 
4. Contact time- Flue gas circulation rate. 
- Oxygen concentration for burning rate control. 
- Space velocity (basis, fresh air). 
A catalyst that shows good reaction activity and has high adsorptive 
characteristics will regenerate with equal ease so far as coke com-
bustion is concerned. The coke may be deposited heavily on the out-
side of a pellet, filling all of the tiny pores; but as long as the reactant 
gases penetrate the catalyst voids, the regeneration gases, air or steam, 
can do likewise. 
Certain limitations, however, must be imposed upon the regenera-
tion system. One of the first points to be determined is the minimum 
temperature at which coke can be burned with air. It has been found 
that the minimum limit is in the 600- 800 F range, depending upon the 
hydrogen concentration in the coke. The other temperature limit is 
the maximum at which coke can be burned off without destroying the 
activity of the catalyst. Temperatures upward of 1300- 1400 F are 
permissible for some catalysts, but might be excessive for others. Some 
investigators (6) have recommended the range of 1100- 1300 Fas most 
suitable for chromia-alumina catalysts. The prime reason, of course, 
for a temperature limitation is to prevent sintering of the catalyst, 
which would cause crystal structure changes and resultant adsorptive 
and activity reduction. In the case of combustion in a catalyst bed, 
air injection forms a high temperature wave front which advances 
through the bed as combustion proceeds. To control the maximum 
temperature of this heat wave either steam or flue gas is used for 
dilution so that the rate of combustion will result in a controlled upper 
tern per a ture 1 i mi t. 
Regeneration in almost all dehydrogenation operations is carried out 
under pressure. For light hydrocarbon operations where pressure may 
vary from 0 p.s.i. gage to 100 p.s.i. gage, regeneration can be effected 
sati sfactorily at reacti on pressures without depressuring. 
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V. PROCE SS DESI GN 
l l . Development from R esearch Data 
Chapters III and IV have prese nted the theory and research lab-
oratory data on p rocess variables and ca tal ysts for catalytic dehydro-
genation of butanes. T o use these data, a critical examinati on must 
be made from a practical engineering standpoint. In the catalytic 
dehydrogenation operation two general processes- th e fi xed bed and 
the fluid bed systems- are ava ilable. Considerable experimentat ion 
has been carried out in fixed bed pil ot-plant units, and commercial 
in sta llati ons have been erected. N otable among these are the butene 
dehydrogenation units designed and erected for the sy ntheti c rubber 
industry. Generally speaking, the sys tem using a multipli city of fixed 
bed units operating in parallel or in se ries is expensive, especially from 
a mechanical viewpoint, when catalyst regenerati on is required. From 
process engineering considerations thi s t ype of sys tem is undesirable 
because of a substantial change in operating conditions during the 
reaction cycle as catalyst activity changes. Product quality also var ies 
appreciably during the cycle. 
T o overcome the process disadvantages of cyclic operati ons, the fluid 
catalytic sys tem has been developed. In the main, th e process has 
thus far been used commercia ll y for gas-oil cracking service. Recent 
development work has extended the system to operate on o ther t ypes 
of feed stocks, including light hydroca rbons for dehydrogenation. 
Accordingly, for the purpose of presenting an exam pl e of cataly ti c 
process design, the newer fluid catalyst system has been se lected. 
Having determined the p rocess for dehydrogenation, the range of 
yields and operating conditi ons mu st be considered. Conversion and 
se lectivit y determine the prin ci pal p roduct and the coke yields. Th ese 
va riables are direct functi ons of the opera ting conditi ons of cata lyst 
contact time, temperature, and hydrocarbon partial pressure. The re-
maining important process variable is the activity of the catalyst, 
which varies according to chem ical composition and physi cal cha r-
acterist ics. Since the foregoing process componen ts are so com ple tel y 
interlocked, for practical econom ic design it is necessary to ha ve a 
wide range of experimental data available in order to make the correct 
choice of operati ng condi tions. In addition, such data must be comp iled 
fo r each feed stock, sin ce each reacts most advantageous!~· under par-
ticul a r condi ti ons. 
In choos in g design cond itions for a butane dehydrogenation un it, a 
nominal capacit y of 1700 bbl per ca lendar day was fixed. The com-
position inc ludes a sma ll but typical a mount of impurities of propane 
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and isobutane. Isopentane, which might also have been included as 
an impurity, was purposely neglected. 
For the butane deh ydrogenati on plant as designed in thi s section, 
process variables have been chosen t o represent reasonable and prac-
tical design assumptions. This unit demonstrates t he process p rocedure 
fo r calculating the fluid sys tem required for the basic assumpti ons on 
butane dehydrogenati on. 
12. E11gii1eering Design 
Materials of construction for this se rvi ce are relatively simple and 
are consis tent with general refinery practice. High temperatures, above 
1000 F, may req uire chrome or chrome-molybdenum alloy steel s for 
stru ctural st rength or for prevention of catalyst poisoning. Corrosion 
protection is p ro babl y not a factor, since the sulfur compounds nor-
mall y causing corrosion would have been eliminated in the preparation 
of the feed stocks. The introducti on o f the regenera tor in the refiner~· 
has led to new construc0tion for lining th e vessel. High-temperature 
asbestos bl ock plu s fire-brick or gunite lining have been the comm on 
mean s of preven ting high steel temperatures in the regenerator. By 
maintaining p roper velocities and densities the erosion in ca rbon stee l 
lines ca n be adequately controlled. 
Th e development of the fluid .t ype unit introduced man y new mech an-
ical design problems. Since the process is dependent on height of 
equipment for standpipe pressures , a formidable problem has been the 
construction of such equipment at high e levations, with the at tendant 
difficulties of wind load, line and vessel expansion, heav y loads , a nd 
mechanical vibration. Piping engineering and pl a nt in st rumentati on 
have required new techniques. 
13. Process Design Material Balance 
For purposes of thi s design it is assumed that the butane dehydro-
genation pl ant is located at an existing refinery in the Chi cago area. 
The normal fresh feed capacity is assumed to be 1700 bbl per calendar 
day. Th e stream-day capacit y at 88 percent st ream effi ciency is 1930 
BPSD Butanes of the following com posi ti on : 
Component 
Propane 
n- Butane 
i- Butane 
Total 
Mole percent 
0 .3 
99 .0 
0 .7 
100 0 
Th e assumed design is predicated upon a modified flui d catalyst 
s \·stem as proposed by R eeves ! P-7l and R oet heli and Scharmann ( P-6) 
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for butane dehydrogenation operation. Other factors of design have 
been adapted to this operation from information <9• lO) published on 
the design of fluid catalyst cracking units. The following operating 
conditions are assumed for design. 
Reactor 
T emperature- deg F - 1000 
Pressure - lb ga. 5 
Space Velocity - W/ (hr) / W - 1. 1 
Catalyst to Oil - by weight - JO 
Bed Velocity - ft / sec ·- 2 .0 
Bed Density- lb/ cu ft 18 
Catal ys t Composition ·--90% AhOa, 10% Cr20 3 
Catalyst Specific Gravity 2 . 0 
Regenerator 
T emperature- deg F 
Pressure- lb ga. 
Bed Depth - ft 
- llOO 
Bed Velocity - ft / sec 
Bed Density--lb/ cu ft 
3 
13 
2 .0 
17 
Standpipe 
Density - lb/ cu ft 
Velocity - ft / sec 
Valve tiP, lb/ sq in. 
Carrie?' L ines 
- 25 
- 3 . 5 
Rege n. Cat. ·- 3 . 5 
Spent Cat. -- 6 .6 
Spent Catalyst Densi ty - lb/ cu ft 
Velocity - ft / sec 
Regen. Cara lystDensity --lb/ cu ft 
Velocity --ft/ sec 
- 1 .07 
--37 .2 
·- 0 . 86 
- 31 .4 
The following yields are assumed to result from the foregoing oper-
ating conditions. Alth ough these yields are not derived from a proven 
laboratory or plant run, they are based upon data contained in the 
bibli ography attached <4• Bl and represent reasonable assumptions. 
Net Fresh Feed Dry Gas Butylene Butane Coke 
(n-Butane) (unconverted) 
Weight, percent 100 3 . 5 21. 9 72 .6 2 .0 
Bbl/da y 1,930 70 407 1,405 
Gal. / hr 3,375 122 713 2,460 
Lb/ gal. 4 . 86 5 .06 4 . 87 
Lb/ hr 16,460 570 3,6 10 11,960 320 
M.W. 57 .9 7 .2 56 58 
Moles/ hr 284 . 1 78 .9 64 . 5 206 .0 
Conversion- 27.4 weight percent ; se lectivity- 80 weight percent 
Fresh Feed 
Vol. 
MPH M.W. Lb/ hr Lb/ gal. GPH BPSD percent 
.c, 1.0 44 40 4 .24 IO 6 0 .3 
iC. + 2 . 1 58 120 4 . 70 25 14 0 . 7 
nC,+ 28 1 0 58 16,300 4 87 3,340 1,9 10 99 .0 
-- ---
-·-
---- ·-- --
Total 284 . I 57 .9 16,460 4 . 86 3,375 1,930 100 .0 
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Fiq.2 
Butane Dehydroqenal/on Un/f 
Process Flowsheer 
D-1 
Fresh 
Catal{/sl 
Storaqe 
Hopper 
4!0"1ox :?o'.o" 
D-Z 
Used 
Catal{/sT 
Storaqe 
Hopper 
6~6"1.0 x zo~o" 
P-2 
EJ ector 
Flexible 
Un/oadinq 
Hos<!' 
Fiq.3 
F-1 
Feed 
Pre heater 
Fvrnace 
Ovtt/~4,420,000 
8.t.v./hr. 
900sq.f'I: 
. 
~ le) 
/Jt.d crne Dehydroqenation Unit 
Instrument F/owsheer 
D-1 D-Z 
Fr,ash Us<!'d 
c atal{/S f" Catalyst 
Storcrqe Storag'e 
Hopper Hopper 
4'-0"10. )( 20~0'1 6'.6"1.0. x eclo" 
P-Z V-Z 
Ejector 
-=><-
Air r"!---0 
_.. . 
t nex1b!<!' 
Unloadinq 
Hose 
F-1 
Feed 
Prehea ter 
Fvrnace 
900 sq. rt. 
@---
R-2 
l?eqenerator 
5~6'10.X 39~0" 
R-1 
If eac tor , ,, 
7-6'!. 0.X43·0 
V-1 
Preci,0itator 
5'-0 '11.0.xeo!O'' 
3.0 p.s.i.t;J. 
Five Gas 
l9aJ mo!/ hr. 
5356 lb. / hr. 
l(J~ 0.3 ton/da{/ cat. 
96.:? T.p.s. 
!4 "0.D 1000° 12" 
17.7 p.s. 1.a. 
1100°r 
Cok e Burned= 
3ZO lb ./hr. 
Bed Velocit{I= 
2.0 t:p.s. 
t?.O lh./cv. rl: 
Bed D,apfh=!.3 rt: 
19.Zp.s.i.a 
19.7 p.s.i.a 
150'.o" 
5.0 p.s.i. '7. 
19.7 ps.ia. 
1000 °F. 
W/hr./W=!.! 
18.0!b./ cv.rt. 
Bed Velocit{/= 
1.96 T.p.s. 
Bed Depth= 
18'-g" 
4Z3.Z mo!./ hr. 
17,535 !b./hr. 
!80 !b./!7r. cat. 
22.0p.s.i.o. 
99.5 r.p.s. 
140'.o' 
. J,' 23.4 T.p.s <:::. -- ··· -· . ::; '°! '. ·· RZ5 p.s.1.a. 
' ~ 
~ .!} 2o"oo, .31.4 t:p.s. 2~8 ''!.o.r 15~0" 
;;; ~ o.86 lb./ cv.rt: 20lb /cv. fl., !. ol.p.s. 
"-' .. , Steam, 1000 lb./IJr. LI <.; <t: 
~ ;:; 3.5t:p.s. F-.z ~ ~ 10 Z51b./ cv. fl. Air * 
Z6.Z p.s.ia-k "':.~r:(.~r. 
~110-0" 
~ ~ . Heal'er 
~- <;I) f:!0.7 p.s.1.ffi Steam 5046 !/J.//Jr 
s:i ~ 110'-o" 1 1s 1b./hr. i----. Air 
\, --.- l 11 100° <1.P.·3.5 p.s.i 
Sleam,18() lit./br. 22.7,o.s.io. , ";, t!JP•6.Jp.s. 1. a:'- f:!0.4 p.s.io. /03-{l__ L....--------~ 
100 
E-1 
6,840,000 
B.t.u./hr. 
1810 sq. rt: 
12" 80.3 f:p.s. 50(J° 
18. ?p.s.i.O'. 
0.08 !b/cv.rt. 
180 lb./hr. cat. 
Fresh 
Feed: 
1930 bbl/a'a.,-
16,460 lb/hr. 
281.4 mol//J') 
~
Steam: 
i?ZI p.s.fa 
l!l.8p.s.io. 
;4fo'' 
.; 
~ 
~ 
' \' 
100'.o" Grade./ Gas 
"Air Heater !'or Skirt-Up On!{/. 
P-/ 
A1; Com- lpressor 
R-2 
Regenerator 
5'-6"!0.X 39'-o'' Five Gas 
R-1 V-1 
Precipitator 
5'-0"10.x 20'-o" 
12 11 
120° 
- water 
1,900 sq. rt 
80° 
· Water 
2Z0qpm 
D-3 
l(nockovt 
Drvm 
4 !6 1/.D X 10'.o" 
fi?J 
8 " 
100° 
16.7 p.s.ia. 
c-z 
-;_;__:-_-~§ 
Reactor .~ 7!5"/,X43'0n
14 1100. 
..---___,.., £-Z 
'§ 
e©--
Q 9 e@-{~):' 160'-o' 
e 
~ 
~ 
16 1100. 
01-
1:j 
j- -
1 
I 
~- -$ 
'<0' : IT '-, I ', 
f 0 
,e 
3" 
: ;40!()"'" . -: -- ~;:-- -_;-
r- -:-zoiiO.o:-' e 
@ RFC P. 
' ' ' Steam F-2 
I $ 
, 1z5!0' __ 8. Air Healer 1 ~ - RP \For Starl-t/p On/9') 1 RT I T (;;\, Q fr;\ 
: ~ 05~ : ,7;?;\ :::, .~ ' ' ' 0 I //{)·~ , ' - PC ~ : ~e rni . 
£ -I 
18 10 sq. f't 
(,;:', 
1z 11 Y 
;43!0" 
\ii ~ 
6 
I 
- · 
e 
Water 
1900 sq. rt 
Water 
~ -~ 
D-3 
Knockovt 
Orvm 
4!5'1.0x10!0" B) 
To. 
Ga s Recov<'r!/ 
Equipmt!'nt: 
376.6 mo/./hr. 
42.9 mo/ wt: 
16,695 lb./hr. 
!1;5p.s.iq. 
Z'60° 
8 ~~ 
To Gas 
Recover{/ 
Eqvipment 
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Dry Gas 
MPH M.W. Lb/ hr Lb/ gal. GPH 
H, 65 .0 2 130 
c, 5 .0 16 80 2 .42 
33 
c ,- 0. 7 28 20 3 .25 
6 
c ,+ 1. 3 30 40 3 . 11 
13 
c , - 1. 7 42 70 4 .33 
16 
c ,+ 5 . 2 44 230 4 .24 
54 
--
--
--
--
Total 78 . 9 7 .2 570 122 
Butenes 
MP H M.W. Lb/ hr Lb/ gal. GPH 16 iC,- 1 4 56 80 5 .01 
nC. - 63 . 1 56 3,530 5 .07 697 
- -
--
---
-·-
Total 64 5 56 3,6 10 5 .06 713 
n- Bu tane (unconverted) 
MPH M .W. Lb/ hr Lb/ gal. 
nC. + 206 .0 58 11 ,960 4 .87 
Combined Products (excluding coke) 
MPH M.W. Lb/ hr Lb/ gal. 
Total gas 
produced 349 .4 46 .2 16, 140 4 .82 
Uti lit ies 
Steam--lb gage 125 
Exhaust Steam-- lb gage 15 
\-'later - deg F 80 
Electricit y 
For 100 hp and under, volts 440 2300 Over 100 hp, volts 
Fuel: Gas --Btu/ cu ft, ave rage 
1-t. Techn ical Data for Calculations 
a. Heat of R eaction 
n-butane to n-bu tene 
Reaction 
products 
H, 
c, 
c,-
c ,+ 
c,-
c ,+ 
iC. -
nC. -
*nC. + 
Coke 
T ota l 
* l" n1·011\ · 1~ rted fe<'d. 
Lb/ hr 
130 
80 
20 
40 
70 
230 
80 
3,530 
11 ,960 
320 
16,460 
1200 
Hea t of Formation 
~H1 
Btu/ lb al 60 deg F 
0 
-2000 
+ '8 10 
- 1,2 10 
+ 210 
- 1,0 10 
- 1,740 
70 
- 920 
23 
lvf.ole 
BPSD percent 
82.3 
19 6 .3 
3 0 .9 
8 1. 7 
9 2 .2 
31 6 .6 
·---
70 100 0 
M ole 
B PSD percent 
9 2 .2 
398 97 .8 
---
- ·-
407 100 0 
GPH BPSD 
2,460 1,405 
GPH B PS D 
3,295 1,882 
(dr y and unsaturated) 
MM Btu/ hr 
- 160,000 
+ 16,000 
- 48 000 
+ 15'.ooo 
- 232,000 
- 139,000 
-248,000 
- 11,060,000 
- 11 ,856,000 
2+ 
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Fresh 
feed 
c,+ 
nC. + 
iC. + 
Lb/ hr 
40 
16,300 
120 
Heat of Formation 
.iHr 
Btu/ lb at 60 deg F 
-l,010 
920 
- 9i0 
Totals 16,460 
.iHr at 60 deg F 
.iHr = -3,300,000 - 760 Btu/ lb of C,+ disappeared 
4,340 
b. Heat Capacit)' Data (12) 
I. Cr,O:, (molal basis) 
- M.W. = 152 
Cp = 26 .0 - 0 .0840D(T) 
Cp = Cal/(Mole) (deg C) 
T ~-= d eg K 
- l\1. \\'. = 102 2. AJ,O, (molal basis) 
Cp = 22 .08 - 0 008971(T) - 522,500 
Cp = Cal/ (Mole) (deg C) 
T = deg K 
3. Total catalyst 
T' 
(.I) (Cp) Cr,Oa + ( .9) (C1>) AJ,O, = (Cp) Cat. 
4. '.'litrogen M. W. = 28 
(molal basis) Cp = 615 - 0 .001 (T) 
5. Carbon dioxide M. W. = 44 
(molal basis) Cp = 10 .34 - 0 .00247(T) - 195,500 
6. Oxygen M.W. = 32 T' 
(molal basi s) Cp = 8 .27 - 0 .000258(T) - 187,700 
7. Total Rue gas 
(pressure: l at.) 
T' 
Gas Wt. % Temperatures , deg F 
100 JOO 500 700 
(Partial total heat - Btu/ lb) co, 19 . 7 1. 6 10 .2 19 . 7 29 8 o, I. 9 0 . 1 0 .9 I. 9 2 .8 
'\, 69 .4 6 .9 41.0 75 . 7 110 5 Steam 9 0 10 .0 10 .8 11. 6 12 .4 
--- -
- -
- -
- -
Total heat 100 .0 18 .6 62 9 108 .9 155 5 
:-..'ate : Total heats -Steam - Liquid = 0 at 32 deg F 
Gases - Vapor = 0 at 60 deg F 
8. Coke 
900 
40 .2 
3 . 7 
146 .0 
13 3 
-·--
203 .2 
Specific heat (70 deg F to 1470 deg F) = 0 .359 Btu/ lb deg F 
9. Total hea t hrdrocarbon products 
Pressure = 20 p. s.i. abs. (5 lb gage) 
M. \\'. = 46 . 2 
Total heats derived from curves of Scheibe! and J enny ("' ) 
MM Btu/ lzr 
- 40,000 
- 15,000,000 
116,000 
- 15, 156,000 
- 3,300,000 
1000 1100 
45 . 5 5!.J 
4 .2 4 . 7 
164 .0 182 .0 
13 .8 14 .3 
·-- -
----
227 5 252 . I 
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15. Process Design of Fluid Catalytic Butane Dehydrogenation Unit 
Fresh butane feed is charged (see Figs. 2 and 3) by P-1 at the rate 
of 1930 bbl per day through the reactor overhead exchanger, E-1, to 
the feed preheater furnace, F-1, in which the butane s tream is heated 
from 610 F to 920 F before entering the reactor inlet line, where it joins 
with hot regenerated catalyst at 1100 F. The catalyst-gas mixture 
tlows upward through a cone and dispersion grid into the reactor, 
R-1, where a bed of fluidized catalyst is maintained. Here the temper-
ature and volume of catalyst determine the degree of deh~'drogenation 
which occurs. The normal bed depth of l 8 ft 9 in. is equivalent to a 
weight space velocity of 1.1, and the average reactor temperature main-
tained is 1000 Fat 5.0 p.s.i. gage. Sufficient heat mu st be available in 
the ca ta I yst and the fresh feed to heat the feed stream to the reactor 
temperature and to supply the necessary endothermic heat of reaction. 
Spent catalyst from the bottom of the bed flows around the peri-
phery of the inlet cone to the stripping section, where steam is intro-
duced to displace hydrocarbon vapors from the catalyst stream. The 
catalyst-steam mixture flows downward through the standpipe and con-
trol valve to the carrier line. 
The excess stripping stream flowing up from the stripping zone, plus 
the reactor hydrocarbon vapors, flow through two stages of cyclones 
to the feed exchanger. There the vapors are cooled to 500 F before 
entering the precipitator, V-1, which removes the remainder of the 
carryover catalyst. Vapors from the precipitator are cooled to 100 F 
and then enter the knockout drum, D-3, to remove water. The clean 
gas is compressed to 125 p.s.i. gage, presumed sufficient for proper 
operation of the gas recovery plant. 
Air supplied by the compressor, C-1, flows through a small pressure 
type furnace, F-2, which, though used during startup, is normally not 
fired. The air stream picks up the spent catalyst from the standpipe 
at 1000 F and carries the material into the regenerator, R-2, through 
a distributing grid consisting of a perforated plate similar to that used 
in the reactor. Combustion is completed in the regenerator to pro-
vide relative]~· clean catalyst for recirculati on to the reactor. This 
catalyst flows down the standpipe, through the control valve, and into 
the carrier line. 
The regenerator operates at 3 lb gage and 1100 F, with sufficient 
ca ta I ~· st holding time to provide satisfactory coke com bus ti on. H ot 
tlue gases rising from the catalyst bed pass through three stages of 
cyclones which remove practically all of the entrained catalyst. The 
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exit gases fl ow through the pressure control valve to the atmosphere . 
~o recycle catalys t cooler is required for the regenerator, as no excess 
heat is availab le from coke combustion. 
Fresh catalyst is unl oaded from car or drums by mean s o f the ejector, 
P-2, which creates a vacuum on the fresh catalyst storage drum, D- 1, 
and the unloading line. Fresh catalys t may be transferred either by 
air to D-2, the used catalyst drum, or directly to the regenerator, R -2. 
In unloading the catalyst from the sys tem, catalyst ma y be directed 
either to t he used catalyst drum or directly to the cata lyst unl oading 
cyclone, which discharges into car or truck. 
The air heater, F-2, is fired when a st ream of hot gas is required to 
hea t the catalytic system before bringing it into operati on. H ot flue 
gas is directed through th e regenerator and the reac tor until a tem-
perature of 600 F is reached . The reactor and regenerator are both 
vented. Steam is introdu ced into the reactor in let line before the 
reactor vent is closed. The reactor sys tem is purged of flu e gas by 
venting at the knockout drum. Catalyst is transferred from storage 
to the regenerator and circul ated. Catalyst circulati on havin g been 
establ ished with air and steam, butane is charged to the unit, which is 
gradua ll y brought on s tream. 
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VI. PROCES S CONTROL 
An instrument flowsheet (Fig . 3) and the following table of instru-
ment nomenclature (Table I ) are presented to indicate the method of 
controlling operation. The fre sh feed is contro ll ed at a constant rate 
by a recording fl ow contro ll er. As the butane stream leaves the pre-
heater furnace, the outlet temperature is held constant by controllin g 
the fl ow of gas to the furnace burners. Th e gaseous butane feed is 
injected into the reactor inlet line with a stream of hot catalyst whose 
steady flow is maintained by a temperature controller that provides 
Symhol 
HTC 
T C 
RT 
IT 
RTh 
!Th 
TW 
RPC 
RPDC 
PC 
PG 
RP 
I P 
!Pe 
RPO 
RFC 
FC 
RF 
IF 
RFRP 
LLC 
LLR 
LL! 
GG 
TAB LE I 
I NDEX OF I N STR U MENT S YMBOLS 
Class o f Ins trum ent 
T emperature I nstruments 
recording tempe rature controller 
nonrecording tempe rature controller 
reco rding temperature potentiom et C' r 
indicating temperature potentiometer 
re<'orcling thermometer 
indicati11g dial thermometer 
t hermometer well 
l'ressure Jnstrumenti:i 
recording pressure contro ller 
recording differential pressure contro ller 
nonrecordi ng pressure controlle r 
pressure go\·ernor 
recording pressure gage 
indicating pressure gage (on ins trurn ent hoard ) 
indi cating pressure gage (at equipm ent ) 
recording pressure differential gagf' 
Fl ov: I n s trument.;;i 
recording flow controller 
nonrecording flow controller 
reco rding flow me ter 
indi cating flow mete r 
reco rding flow me ter with recorded prpss u r<' 
Liquid Lerel / n .-:tntm ent .-.: 
liquid level controller 
liquid level recorder 
li f] uid level indi cator 
guµ;f' glass 
a constant temperature in the reactor bed. The controller operates 
specially built motor-operated valves, two of which are located ad-
jacent to each other at the bottom of the regenerated catalyst standpipe. 
One is normally wide open, while the second controls the fl ow . In case 
of emergency or excessive erosion across the slide, the oth er valve is 
brought into service. 
In the reactor bed a recording pressure differential cont roller main-
tains the desired catalyst bed level by operating the slide valves at 
the base of th e spent catalyst standpipe . In thi s way the space velocity 
in the reactor is varied. ~o other control poi nt on the hydrocarbon 
side is required except at the gas compressors, where suct ion pressure 
con trol is maintained by controlling the speed of th e gas engin e driver. 
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It is assumed that the di scharge pressure of the compressor is held 
relatively constant by mean s of a pressure controller operating on the 
absorber outlet gas in a recovery unit no t included in thi s design . 
Stripping steam to the reactor catalyst stripping section is controlled 
by a recording fl ow controller whi ch is rese t manually when the ca tal ys t 
circulation rate is changed. 
The regenerator bed level is observed by mean s of a recording differ-
ential pressure gage, but no attempt is made to control the level. 
The regenerator accomm odates some changes in catalyst requirements 
of the reactor with out the necessi ty of maintaining level control. In 
thi s design, however, since the reactor is larger than the regenerator, 
no great change in reactor space velocity can be tolerated; as a result, 
catalyst withdrawal to the used catalyst sto rage drum becomes man-
datory. The regenerator pressure is maintain ed by a pressure controller 
operating on the flue gas leaving the cyclones. 
Catalyst circulation cannot be measured directly with accuracy; it is 
calculated from a regenerator heat balan ce when coke and air quantities 
are kn own. Radiation losses should be estimated in order to ca lculate 
the real catalyst rate. 
The combustion air to the regenerator inlet line is adjusted b y a 
recording fl ow controller, with a pressure controller maintaining con-
stant di scharge pressure at the bl ower. 
Other in st ruments-such as temperature recording and indicating 
poi nts, pressure recording and indi cating gages, and indicating a nd 
recording fl ow meters- are included in the pl a nt at loca ti ons where the 
information they prov ide is essential to smooth unit operati on . 
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VII. M ETHO D OF C ALCU LATlONS 
To proceed with p rocess calculations it is necessary to choose certain 
initia l design quantities. They have been itemized in Section 13. The 
process ca lculati ons begin in the regenerator, p roceed to the reac to r, 
and return to the regenerator. From the reactor, the ca lculati ons 
advance th rough the feed exchanger to the precipitator, aftercooler, 
and knockout drum. 
T o beg in the regen erator calculations, th e coke combu sti on require-
ments are calculated. Coke composition is ass umed to proceed to 100 
pe rcent carbon dioxide. From sto ichiometric relati onships the air 
quanti ty (in c luding IO percent excess) is calculated. Flue gas compo-
sit ion and heat of combustion are also determined. 
The rege nerator diameter is determined from th e upward gas volume 
flowing at an assumed linear ve locity of 2 ft per sec . With a bed den-
si t y of 17 lb per cu ft assumed to coincide with th e lin ea r velocity, 
the bed sta ti c head is determined. Bed pressure having been defined, 
flu e gas den sity and flu e gas flowing with regenerated ca tal ys t are 
fo und. Th e sta ti c head of th e regenerated ca talyst standpipe is de-
te rmin ed from the assumed density of 25 lb per cu ft and the height 
required to give a minimum of 3 .5 p. s.i . pressure drop across the cat-
al ~· st control valves. Kn owing the pressure at th e bottom of th e stand-
pipe, th e gas volume required is ca lculated. Th e differen ce be tween 
t he vo lum e at th e top and at the bottom represents th e aeration steam 
required to maintain constant densit\'. Catal\'st ca rryover from the 
cyclones is assumed on the basis o f the quantity of flu e gas fl owing 
t hrough three cyclones . 
Th e regenerator inl et lin e pressures a re calculated on the basis of 
tota l combus ti on air carrying the circul a tin g ca tal~ · st. Pressure at 
t he bo t tom of the lin e is calculated from th e static head, dete rmin ed 
by densit~· a nd height, which was established b~· the regenerator size 
and the length of the regenerated cata lys t standpi pe. Th e air bl ower 
disc harge pressure and tem pera ture are then calculated . 
F rom desig n conditions of temperature and space ve locity, assuming 
18 lb per cu ft bed density, the cata ly st bed in th e reactor is fo und. 
:\ ssuming 2 it per sec linear gas velocity in the bed to correspond to t he 
density used, the reactor diamete r is calculated. With 5 p.s.i. gage 
pressure set above the bed, the static head and pressures in the vessel 
are determined. ln t he stripper section the pressures are calcu lated 
on th e basis o i 15- ft st ripper length a nd 20 lb per cu it dens ity , whi ch 
is assumed to correspond to 1.6 ft per sec upward ve locity of steam. 
F rom the bottom oi th e s tripper the s tea m volume with spent ca tal~ · st 
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is calculated and the static head determined. Pressure, gas volume, 
and aeration steam are then computed. The standpipe length is as-
sumed minimum for the expan sion required in connecting piping. 
The reactor inlet line pressures are based on the calculated density, 
using the circulated catalyst with hydrocarbon gas and steam as the 
carrying medium. 
The stripper diameter is calculated from the upflowing steam volume, 
using a linear velocity of 1.6 ft per sec. 
The catalyst carryover from the reactor is based on an assumed 
percentage of the gas fl owing through two stages of cyc lones. 
The static head of the precipitator s tandpipe is next determin ed, 
assuming only 15 lb per cu ft density. The height required is deter-
mined by th e head to be overcome in the return line plus the pressure 
drop across the standpipe control valve. Th e quantity of s team re-
quired to re turn the cataly st to the reacto r is arbitraril)· se t at 23 ft 
per sec in a 3-in. line, which results in a ver)' low density . Th e inde-
pendent size of th e standpipe, 3 in., is also larger th a n the calculated 
gas fl ow would dictate. 
Lin e sizes for the maj or lin es are then computed, using reasonabl e 
velocities required for catal ys t-bearing lines of varying densities. 
Cata! yst-free gases may fl ow at re la ti vel y high er velocities with out 
undue pressure drop. 
In conjun ct ion with the pressure balan ces, heat balan ces around the 
reactor and regenerator are made. Th ese are required in order to 
satis fy the heats of reac ti on and combustion and the se nsible hea t of 
fl owin g components. In this design the ca lculated heat available from 
coke combustion is inadequate to permit charging cold feed; hence the 
feed mu st be heated suffici ently to account fo r the remainder of th e 
heat required to satisfy the reactor balan ce. :\larger coke yield would 
permit a decrease in fresh fe ed temperature at the injection poi nt . 
F or a given catalyst circul a ti on the regenerator balan ce determi nes 
the temperature spread on spent and regenerated catalyst fo r the heat 
of com bu sti on avai la bl e in th e assumed coke )' ield. 
H eat ba lan ces are also req uired fo r fresh feed- reactor overhead 
exchange rs, for the feed preheate r furna ce, and for th e reactor overhead 
aftercooler. 
Based on assumptions of a hea t transfer rate of 5000 Btu per hr per 
ft, pressure d rop of 50 p. s. i., and flue gas outlet temperature oi 1500 
F, the size of the butan e feed preheater is calculated. 
H orsepower requirements for the gas comp ressors and air blowers 
are calculated, to estimate utiliti es consumpti on. Aeration air com-
pressor power requirements are also computed. 
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TABLE 2 
UTILITIE S S U MM ARY 
ll iyh-Pressure S team (12 .5 p .. 'S.i. oaoe) 
main air comprcssor- C-1-A 
aeration air co rnpressor- C-3-A 
T otal 
process steam (125 p.s.i. gage) 
dispersion (reactor in let) 
~ tripping 
precipitator return 
aerat ion 
Total 
T otal Steam 
l\"a ter . 80 deo P 
aeration air compressor aftercooler 
reactor o\'erhead aftercooler- E-2 
pumps and compresso rs 
Tota l 
Fuel Gas (!0 .500 Btu per lb . . L.H. I".) 
product gas co mpressors- C-2-:\ . C-2-B 
feed prehealer furnace- F-1 
Total 
El ectricity 
fresh feed pump 
lights and ins trum entR 
Total 
lb per hr 
1500 
850 
53.50 
180 
1000 
150 
55 
1385 
6735 
ya/. per niin 
10 
220 
150 
680 
lb per hr 
295 
105 
700 
k1c- hr 
7 .5 
15. 0 
22 . 5 
31 
The surface required for the two heat exchangers is calculated, 
together with the water consumption of the aitercooler. 
The gas compressor knockout drum is calculated upon th e generally 
accepted basis of allowable velocity, as determined by the express ion: 
U = K ~ PL-Pv 
Catal yst inventory is calculated in order to determine the p roper 
size of the fresh and used catalyst s to rage drums. 
A summary of utiliti es (Table 2) shows the distribution o i consump-
tion of steam, fu el, water, and electricity. 
REGENERATOR 
Coke (assume 90 percent C, 10 perce nt H) = 320 lb/ hr 
Combustion Requirements 
mph* lb/ hr 
288 
C to C02 
Q., to CO" = 288 C32) 24 .0 768 
- - (12) -- --
co, 24 .0 
1056 
H to H,O 16.0 
32 
(16) 8.0 256 O, to H,O = 32 ( 2) -- --
H,O 16 0 
288 
--
*mph !'ignifif>:-: molf'~ per hour. 
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R-1 .J'6 " 
Reactor 18~!4'0.o 
( •..-4'-0 11 
'-4~0" 
~ 
'f 
.~ 
-~ ~ Norm. 
> 
<:!\ 
~ 
Bed 
Oesiqn Conditions 
Working Pressure 5 p.s.i.g. 
Oesiqn Pressure 20 ps.i.q. 
Working Temperature 1000°F. 
Oesiqn Temperature !030°F 
Corrosion Allowance Jin. 
Manholes /-18" 4i J-48" 
Cyclones Bue//- Z Staqes 
R-Z 5~6" 
Reqenerator r 101 ,, 
18~10 
42 11 
V'.::-:·;t,J7o" ~.L-16-,,-0-.oV-~,, 
Oesiqn Conditions 
Workinq Pressure 3 ps.iq. 
Oesiqn Pressure 10 p s.i.q 
Work1nq Temperature !I00°F. 
Oesiqn Temperature !200°F 
Corrosion Allowance gin. 
Manholes J-18" 0( J-4211 
Cyclones Bue/J -3 Staqes 
Lininq-
z" Hiqh Temp. /nsulo-f1on 
C'' Fire Brick 
Fie. 5. REACTOR AND R EGESERATOR 
Total 0 2 to I 0 percent excess (0 767) 
N, = I 126(0333f 
Air 
Moisture (ai r sat. at 100 F) 
( 0 ' 95 ) 
35 .2 
132 .4 
167 6 
1126 
37 10 
4836 
210 
33 
=
167
-
6 (14 .7-095) 
Wet air (max. air blower vol. ) 
Flue Gas 
11 . 7 
179.3 5046 (28 . I M.\\" .) 
co, 
0 2 excess 
Nz 
H,O 
Total 28 . 7 M.W. 
mph 
24 .0 
3 2 
132 .4 
27 .7 
187 .3 
lb/ hr 
1056 
102 
37 10 
498 
5366 
wt.% 
19 .7 
1.9 
69 . 1 
9 .3 
100 .0 
mole o/0 
12 8 
I. 7 
70 .7 
14 .8 
100 0 
3-+ 
ILLINOIS ENGINEEHINC EXPEHI.\IENT STATI0'.11 
Heat of Combustion: (C _, CO,) 
C: 288 (J4,140 Btu/ lb) 
H: 32 (5J,640 Btu/ lb) 
320 ( J 7,950 Btu/ lb) 
Gas Through Catalyst Bed 
Make flu e gas 
Flue gas with regenerated catalyst 
~'et flu e gas 
Steam with spent catalyst 
Total gas through bed 
Gas volume at average bed pressure 
= 190 .3 (0 .00298) <1560) 
(J8 4) 
Linea r gas velocity 
Bed area 
R egenerator (internal diameter) 
Assume catalyst bed depth 
bed densirv at 2 .0 F / S 
Static head of bed ·_ (l 7) (l 3') 
Pressure at top of bed 
144 
Static head 
Press ure at bottom of bed 
Gas density at bottom of bed 
Gas flowing with catalyst 
Static head of R.C. sta ndpipe 
= (40') (25!b/ CF) 
144 
Pressure at bottom of sta ndpipe 
= 19 .2+7 .0 
Gas density at bottom 
- 26 .0 (26 . 2) (520) 
- 380 (14 7) (J560) 
Gas flowing with catalyst 
- 164,600 ( 130 - 25 ) 
- ---no----(25-o 0433) 
Aeration steam 
Flue gas 
Total gas with catalyst 
4,090,000 Btu/ hr 
l ,660,000 Btu/ hr 
5,750,000 Btu/ hr 
+ 
mph 
187 .3 
6 . 1 
--
18J . 2 
9 l 
--
J90 3 
48 .0 CF/ S 
2 .0 F/ S 
23 . 8 sq fr 
5 ft 6 in. 
J3 ft 0 in. 
17 lb/ CF 
l . 5 lb/ sq in. 
J7 . 7 p.s.i . A 
3 0 p.s.i. G 
1. 5 p.s. i. 
19 .2 p.s.i. A 
lb/ hr 
5366 
- 175 
--
5J9J 
+ 165 
--
5356 
= 28 . 7 (19 2) ( 520) 
380 (14 7) (1560) 
= 0 .033 lb/ CF 
J64,600 (130 - 25) 
~ (25-0 .033) 
5320 CF / hr 
175 lb/ hr 
6 . J mph 
7 .0 p.s.i. 
26 .2 p.s.i. A 
0 0406 lb/ CF 
5320 CF/ hr 
215 lb/ hr 
8 .3 mph 
mph 
2 . 2 
6 . J 
lb/ hr 
40 
J 75 
2J5 164,000 = Catalyst volume = 2 . l (62 .4) J250 CF / hr 
8 .3 
0 .35 CF/ sec 
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Cataly st loss in flue gas 
Gas from regenerator at I JOO F and l 7 7 lb A 
190 .3 mph 
48 0 (184) 
. ( 17 . 7) 
Assume three stages of cyclones and a catalyst loss ofO 
= 25 lb/ hr = 600 lb/ da y 
Rege11erator In let L ine (assuming no combustion in line) 
Vapor mp/1 
Steam with spent catalyst 9 . J 
Combustion air 179 .3 
Total 
Gas volume (J JOO F, 19 .9 p.s.i. A) 
. 164,760 + 5211 
Average density = 3600 (0 .35 + 43 .3) 
Pressure at bottom line 
. (1 08) (47') Static head = 
144 
Pressure at top of 1 i ne at cone 
Regenerator Cone 
Sta tic head in cone 
Grid ..lP 
= (2 75) (15 lb/ CF) 
144 
Pressure at bottom of bed 
Air Blower 
Pressure in line at ej ector point 
Allowable line loss 
Des ign di scharge pressure 
Air temperature after blower 
04J 
1':41 
(560) (23 7) = 560 ( J . 146) (14 7) 
188 .4 
(Cp/ C,. 141 for ai r) 
REACTOR- 1000 F, 1 . 1 W/ hr/ \Y 
Fresh feed 
Catalyst in reac tor 
Average bed density 
16,460 
I. J 
Bed volume 
Reactor- internal diamete r 
area 
Depth of bed 
5356 lb/ hr 
49 .9 CF/ S 
5 weight percent on the gas 
= 0 .3 ton/ day 
lb/ hr 
165 
5046 
5211 
188 4 (0 00298) <1560) 
. (20 2) 
43 3 CF/ S 
108 lb/ CF 
20 .4 p.s.i. A 
0 .4 p.s.i. 
20 .0 p.s.i. A 
0 .3 p.s . i. 
0 . 5 p.s.i. 
19 .2 p.s.i. A 
20 .4 p. s.i .. '\ 
3 .3 p.s.i. 
23 . 7 p.s. i . . !\ 
9 .0p.s.i.G 
642 R 
l82F 
Use 180 F 
16,460 lb/ hr 
15,000!b 
18 lb/ CF 
830 CF 
7 ft 6 in. 
44 . 2 sq ft 
J8ft9in . 
36 
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Sta tic head of bed 
Pressure above bed 
18 . 75(18) 
144 
Pressure at bottom of bed 
Assume ..lP across reactor inle t grid 
Pressure below grid = 22 0 + 0 . 5 
Assume dens ity in s tripping zone 
Corresponding upward steam velocity 
Stripping steam 
(15') (201b/ CF) 
Static head of stripper = ------
144 
Pressure at bottom of stripper= 22 .0 + 2 . 1 
Gas density at bottom of stripper 
Gas Rowing with catalyst to standpipe 
(164,600 + 320) ( 130-25 ) 
= --------- ------
130 (25 -0 . 0276) 
Static head of spent catalyst s tandpipe 
Pressure at bottom of standpipe 
Gas density at bottom of standpipe 
Gas Rowing with catalyst 
Aeration steam 
Reactor Inlet Line 
Vapor 
Fresh fe ed 
Flue gas 
Steam with regenerated catalys t 
Carrier steam 
Total 
Gas volume (average) = 
? (1460) 30_ . 4 (0 . 00298) (226) 
mph 
284 . I 
6 . I 
2 .2 
10 .0 
302 .4 
2 .3 p. s. i. 
5 .0 p.s.i . G 
19 . 7 p. s.i. :\ 
22 .0 p. s.i. :\ 
0 . 5 p. s.i. 
22 . 5 p. s.i . A 
20 lb/ CF 
I. 6 F/ S 
1000 lb/ hr 
2 . I p. s.i. 
24 . I p. s.i. A 
18 (24 . 1) ( 520 ) 
-- ~ ---- ----
380 (14 7) (1460) 
0 0276 lb/ CF 
5320 CF/ hr 
150 lb/ hr 
8 .3 mph 
(I 5') (251b/ CF) 
------
144 
2 .6 p.s . i. 
24 . 1 + 2 . 6 
26 . 7 p.s.i . A 
18 (26 7) ( 520 ) 
380 (14 7) (1460) 
0 0306 lb/ CF 
(164,600 + 320) ( 130 - 25 ) 
--------- -------
130 
5320 CF/ hr 
165 lb/ hr 
9 . 1 mph 
I 5 lb/ hr 
0 . 8 mph 
58 . 5 CF/ S 
lb/ hr 
16,460 
I 75 
40 
180 
16,855 
(25-0 . 0306) 
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d . 164,600 + 16,865 :\ verage ens! ty = 3600 (0 . 36 + 58 . 5) 
Stat ic head of inlet line C37') (O · 86) 
144 
Pressure at bottom of line = 22 . 5 + 0 .2 
R. C. s tandpipe slide valve ..lP 
R. C. standpipe- above valve 
Stripper Section 
Steam to stripper 
Steam to spent catalyst standpipe 
Steam rising to reactor bed 
Gas volum e rising at av. pressure 
Stripper - inside diameter 
area 
Upward gas velocity 
Vapor Through Bed 
H ydrocarbon products 
Regenerated catalyst aeration steam 
Flue gas 
Carrier steam 
Rising stripping steam 
Total 
Gas volume at av. pressure= 
414 .9 (0 .00298)(1460) 
Reactor area 
Linear velocity 
(20 . 8) 
Velocity above bed 
(20 . 8) 
.96--
(19 7) 
Assume catalyst carryover through cyclones 
(Based on two stages of cyclones) 
REACTOR PRECIPITATOR 
Reactor Overhead Vapor 
Hydrocarbons 
Flue gas 
Steam from reactor bed 
Precipitator catal ys t carri er steam 
Total vapor to reactor cyclon e (41. 5 MW) 
(1460) 
Volume of gas = 423 . 2 (0 . 00298)--
Catalyst carr\'over . 
Reactor pressure above bed 
( 19 7) 
Carri er line static head (at 0 .08 lb/ CF density) 
(62' ) (0 08) 
144 
0 .86lb/ CF 
0 . 2 p.s . i. 
22 . 7 p.s.i. A 
3 . 5 p.s.i . 
26 . 2 p.s.i. A 
mph lb/ hr 
55 . 5 1000 
8 .3 150 
-- -
47 .2 850 
(I 460) 
47 2(0 00298) ---
8 .92 CF/ S 
2ft8in. 
5 . 57 sq ft 
1.6 F / S 
mph 
349 .4 
2 .2 
6 . 1 
10 .0 
47 .2 
--
414 .9 
86 . 8 CF/ S 
44 .2 sq ft 
1 .96 F/ S 
2 .07 F/ S 
(23 .0) 
lb/ hr 
16,140 
40 
175 
180 
850 
--
17,385 
1 .0% by weight of gas 
(0 01) (17,545) 
I 80 lb/ hr 
mph 
349 .4 
6 . I 
59 .4 
8 3 
423 .2 
93 . 5 CF/ S 
180 lb/ hr 
19 . 7 p. s. i. A 
0 I p. s.i. 
lb/ hr 
16,140 
175 
1,070 
150 
17,535 
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Pressure at bottom of line 
Allowable slide valve .:.P 
Pressure above valve 
Static head of precip. s tandpipe (15 lb/ CF density) 
( 15lb/ CF) (33') 
144 
Pressure at bottom of empty cone 
Gas Aowing with ca talys t at top o( s tandpipe 
180 ( 130 - 15 ) 
11 CF/ hr 
130 ( 15 - 0 075)41 . 5 (520~~ 
Gas density at top = JSO (960) (14 . ~)075 (221) 
Gas density at bottom o( s tandpipe 
:\eration s team 
Carrier Line 
Gas - Hydrocarbon 
Steam 
Carri er s team 
Total 
Gas volum e ( 960) 8 .3 (0 .00298) ·-= 
(19 7) 
.'\ ve rage density 
180 + 150 
-----·---
(3600) (I 20) 
REACTOR OVERHEAD CONDE:'\!SER 
At Outle t at 100 F, 16 7 lb A 
Hydrocarbons 
Flue gas 
Total 
\ ' apor pressure at H ,O 
To tal pressure 
H,O in vapor = 355 .5 
0 95 
(1 6 7-0 95) 
(1 8 . 7) 
19 . 8 p. s.i. A 
2 .3 p. s . i. 
22 . 1 p. s .i. A 
3 . 4 p . s. i. 
18 . 7 p. s.i. A 
I lb/ hr 
0.075 lb/ CF 
0 .088 lb/ CF 
negligible 
mph 
8 .3 
8 .3 
I . 20 CF/ S 
0 .076 lb/ CF 
mp/, 
349 . 4 
6 . 1 
355 5 
0 .951bA 
16 7 lb A 
2l .3 mph 
lb/ lir 
150 
150 
- 380 lb/ hr 
RE.'\CTOR BALANCE (use catal ys t: oil ratio o( 10/ 1 b,• weight) 
/l1alen'al 
Ill 
Regenera ted ca talyst 
Flue gas with regen. ca t. 
:\ eration s team with regen. cat. 
Spent ca t . s trip. stea m 
Spent cat. aeration s team 
H. C. Feed (57 9 i'vl. \\'. ) 
Regene ra ted ca t . carri er s team 
Prec ip. re turn ·catal yst 
s team 
Total s 
lb/ fir 
164,600 
175 
40 
1,000 
15 
16,460 
180 
180 
150 
182,800 
lemp., press ., 
deg F lb G 
1100 
1100 
1100 
353 125 
353 125 
920 25 
353 125 
500 
353 
B111/ lb 
253 
252 
1,588 
1, 192 
1,192 
786 
1,192 
96 
1,192 
8111 / !1r 
41, 700,000 
40,000 
60,000 
1,190,000 
20,000 
12,990,000 
210,000 
20,000 
180,000 
56,410,000 
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Malerial 
out 
Spent cata lys t 
Coke 
Steam with spent catalyst 
H . C. va por prod. (46.2 M.W.) 
Carryover catalys t 
Steam with HC vapor 
Flue gas 
Heat of reaction 
T ota ls 
feed preheat 
lb/ lir 
164,600 
320 
165 
16,140 
180 
l ,220 
175 
182,800 
Fresh feed - 57 9 M.W. 16,460 
Furn ace duty 
Fresh feed 16,460 
Feed - reactor ovhd. exh . duty 
Fres h feed 16,460 
R EGENERATOR BALANCE 
M aterial 
Ill 
Spe nt catalys t 
Coke 
Steam with spent catal ys t 
Regen. cat. aeration steam 
Combustion air 
Heat of combus tion 
Totals 
out 
Flue gas (net) 
Steam 
Regenerated catal ys t 
Flue gas with regen. catal ys t 
Steam with regen. catalys t 
Totals 
164,600 
320 
165 
40 
5,046 
(320) 
170,1 7 1 
5,191 
165 
164,600 
175 
40 
170,1 7 1 
lemp, 
deg F 
1000 
1000 
1000 
1000 
1000 
1000 
1000 
920 
6 10 
100 
1000 
1000 
1000 
353 
180 
1100 
1100 
1100 
1100 
1100 
REi\CTOR OVERHEAD- FEED EXCHANGER 
Ill 
HC va por (46 2 M.W.) 
Steam 
Flue gas 
Catal ys t 
T ora ls 
Oll i 
H.C. vapor (46 2 M.\V. ) 
Stea m 
Flue gas 
Cata lyst 
16, 140 
1,220 
175 
180 
17,7 15 
16,140 
1,220 
175 
180 
T otal s 
Fres h feed 
17, 715 
reactor overhead exchange dut y 
1000 
1000 
1000 
1000 
500 
500 
500 
500 
press., 
lb G 
5 
5 
5 
5 
25 
v 
L 
125 
Btu/ lb 
225 
338 
1,535 
855 
227 
1,535 
227 
788 
520 
105 
225 
338 
l,535 
l , 192 
39 
17,950 
252 
1,588 
253 
252 
1,588 
855 
1,535 
227 
225 
452 
1,285 
109 
94 
39 
Btu/ l1r 
37,000,000 
110,000 
250,000 
13,800,000 
40,000 
l,870,000 
40,000 
3,300,000 
56,410,000 
12,990,000 
4,420,000 
8,5 70,000 
6,840,000 
1,730,000 
37,000,000 
110,000 
250,000 
50,000 
200,000 
5,750,000 
43,360,000 
1,300,000 
260,000 
41,700,000 
40,000 
60,000 
43,360,000 
13,800,000 
l ,870,000 
40,000 
40,000 
15,750,000 
7,300,000 
1,570,000 
20,000 
20,000 
8,9 10,000 
6,840,000 
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REACTOR OVERHEAD AFTERCOOLER (AFTER PRECIPITATOR) 
Material 
In - tota l 
Out - *HC vapor (46 2 M.W.) 
Stea rn 
Flue gas 
Wate r 
T o tals 
Cooler duty 
FEED PREHEATER DESIGN 
Duty 
Assume : fuel 
lb/ hr 
17,535 
16,140 
380 
175 
840 
17, 535 
temp, press., 
deg F lb C 
500 
100 
100 
100 
JOO 
Btu/ lb 
249 
1,107 
19 
68 
4,420,000 Btu/ hr 
R efin ery gas 
Btu/ hr 
8,890,000 
4,010,000 
420,000 
60,000 
4,490,000 
4,400,000 
furnace hea t 
( transfer rate) 
Surface required 
4900 Btu/ hr/sq ft for coil type 
hea ter 
900 sq ft 
16,460 lb/ hr Feed rate 
Inlet conditions 
Outle t conditions 
Furn ace effici ency 
Normal heat libera tion 
D esign heat liberation 
Fuel gas - heat of comb. 
quantity (normal) 
AIR HEATER DUTY 
75 lb G and 6 10 F 
25 lb G and 920 F 
53% 
8,320,000 Btu/ hr 
10,000,000 Btu/ hr 
20,500 Btu/ lb 
405 lb/ hr 
Required to provide hot air to hea t unit during startup 
Combustion air 
Du ty 
Furn ace effi ciency 
Fuel fired 
GAS COMPRESSOR 
lb/ hr 
5,046 
376 . 6(380) (560) (14 . 7) 
temp, 
deg F Btu/ lb 
1100 260 
180 39 
9 1% 
Suction volum e 
= 2260 CF/ M ( 60 ) (520) ( 16 . 7) 
Suct ion pressure = 2 .0 p.s. i. G = 16 . 7 p.s .i . A 
Discha rge pressure = 125 p.s. i. G = 139 . 7 p.s.i. A 
Brake horsepower = 600 
Use two 300-BHP machines- gas eng ine dri ve. 
AIR COMPRESSOR 
Suction Conditions 
T em pera ture, deg F 
Press ure, p.s. i. A 
M oles/ hr 
lb/ h r 
Volume = 179 (380) (560) .3 -----
Discharge Conditions 
T emperature, deg F 
Pressure , p.s .i . A 
Bra kc horsepower 
*. \ ho\'t• dPw po i nl . 
60 520 
100 
14 .7 
179 .3 
5046 
1222 CF/ M 
180 
23 7 
60 
Btu/ hr 
1,310,000 
200,000 
---
1,110,000 
1,200,000 
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Use two machines - one motor 
drive, one steam turbine 
Assume a s team rate of 75 lb/ BHP 
Stea rn required 
AERATIO!\ AIR COMPRESSOR 
( 100% capacit y) 
= 4500 lb/ hr 
Use two machines of 100 s tandard CF / M capacit y each - one mo tor dri ve , 
the other s tea m eng ine 
Suction Conditions - Design 
Tempera ture, deg F 
Pressure, p. s. i. A 
Volume at suction --CF / M 
Discharge Conditions 
Pressure, p. s . i. A 
Brake horsepower 
Stearn required 
REACTOR OVERHEAD- FEED EXCHA~GER 
6,810,000 
Surface 
(0 9) (395) (IO) 
REACTOR OVERHEAD AFTERCOOLER 
4,400,000 
Surface 
122 (0 . 95) (20) 
Water required 
GAS COMPRESSOR KNOCKOUT DRUM 
Gas V olume 
Total 
Gas volume 
Drum: internal diameter 
a rea 
height 
CATALYSTJNVE~TORY 
Reactor 
Bed 
Cone 
Stripper 
Total 
Regenerator 
Bed 
Cone 
T o tal 
Grand Total 
Cataly st Storage Dru ms 
376 . 6 mph 
100 
14 . 7 (0 lb G) 
108 
54 . 7 (40 lb G) 
17 
50 lb/ BPH 
850 lb/ hr 
1810sq ft 
1900 sq ft 
220 GPM 
16,695 lb/ hr 
37 7 CF/ S 
4 ft 6 in. 
15 . 94 sq ft 
10 ft 0 in . 
15,000lb 
1,100 lb 
1,700 lb 
17,800 lb 
5,300 lb 
300 lb 
5,600 lb 
23,400 lb 
-J.I 
I . Fresh Cataly st Storage Drum, D-1 
Assume capacity 10,000 lb 5 to ns 
Vessel--4 ft 0 in . l.D. x 20 ft 0 in. 
2. Used Cataly st Storage Dr11 111, D-! 
Capac ity (minimum) 
Vessel·-6 ft 6 in. l.D. x 20 ft 0 in. 
Fresh Feed P11111p·-Power Required 
B.H.P. = 8 0 
K.W . 7 5 
24,000 lb 12 to n 
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.Vo. Year Author Title and Reference 
I. 
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5. 
6. 
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8. 
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12. 
13. 
Ref. 
P- 1 
P -2 
P -3 
P-4 
P -5 
P-6 
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P-9 
P - 10 
P- ll 
P- 12 
1933 F. E. Frey and W. F. Huppke 
1940 A. V. Grosse and V. N. lpatieff 
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1939 A. V. Grosse, V. N. Ipatieff, G. Egloff, 
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1940 A. V. Grosse, J. C. Morrell, J . M. 
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1945 E. G. Scheibe! and F. J. J enny 
M. W. Kellogg Co., Kellogram, No. 4 
R efin er, Vol. 24, No. 7, pp. 263-66 
Ind. & Eng. Chem., Vol. 38, No. 2, 
pp. 144-47 
Chem. Eng. Handbook (McGraw-
Hill) (II), Section Ill 
Ind. & Eng. Chem., Vol. 37, No. 10, 
pp. 990-95 
APPENDIX B: PATENT Brnt.IO G RAPHY 
U.S. 
Patent 
Inventor and Assignee No. Process Description 
H. Tropsch 2,122,788 Paraffin dehydrogenation (Univ. Oil Products) 
H. Tropsch 2,122,790 Paraffin dehydrogenation (Univ. Oil Products) 
H. P. Groll and ]. Burgin 2,184,234 Hydrocarbon dehydrogenation (Shell Dev. Co.) 
H. Tropsch 2,122,787 Para ffin dehydrogenat;on (Univ. Oil Products) 
R. N. Meinert 2,387,524 Dehydrogenation process (Std. Oil. Dev. Co.) 
B. E. Roeteli and W. G. Scharmann 2,376,191 Chemical process (Jasco, Inc.) 
E. D. Reeves 2,388,078 Paraffin dehydrogenation (Std. Oil. Dev. Co.) 
A. S. Ramage l ,678,078 Paraffin dehydrogenation (Bostaph Eng. Co.) 
0. Schmidt, 0. Grosskinsky, 
G. Nieman 
1,732,38 1 Propane dehydrogenation 
(I. G.) 
W. A. Gertsmeyer and \V, R . Clayton 
(Columbi a Eng.) 
1,871,786 Paraffin dehydrogenation 
F. E. Frey and W. F. Huppke 
(Phillips Pet. Co.) 
l ,905,383 Paraffin dehydrogenation 
F. ] . Metzger and \V. G. Fogg 
(Air Reduction Co.) 
l,913,938 Catalyst pre para ti on 
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P-13 P. K. Frolich and B. C. Boeckeler l,944,419 Paraffin dehydrogenation 
(Std. Oil Dev. Co.) 
P-14 W. A. Lazier 1,964,000 Paraffin dehydrogenat ion 
(E. l. duPont) 
P-15 W. A. Lazi er 1,964,001 Catalyst preparation 
(E. I. duPont) 
P-16 R. B. Derr 2,015,593 Catalyst preparation 
(Aluminum Co. of Amer.) 
P-17 H. R. Arnold and W. A. Lazier 2,034,077 Catalyst preparation 
(E. I. duPont) 
P-18 H. R. Arnold and V•l. A. Lazier 2,047,945 Cata lyst preparation 
(E. l. duPont) 
P-19 F. E. Frey and W. F. Huppke 2,098,959 Paraffin dehydrogenation 
(Phillips Pet. Co.) 
P-20 F. E. Frey and W. F. Huppke 2,098,960 Paraffin dehydrogenat ion 
(Phillips P et. Co.) 
P-21 R. Rosen 2, 126,8 17 Paraffin dehydrogenation 
(Std. Oil Dev. Co.) 
P-22 0. Beeck, J. Burgin, H. P. Groll 2,131,089 Catalyst preparation 
(Shell Dev. Co.) 
P-23 R. F. Ruthruff 2, l 56,903 Catal yst preparation 
(Process Management) 
P -24 W. ]. Sweeney and W. E. Spicer 2, 16 1,984 Catalyst preparation 
(Std. Oil Dev. Co.) 
P -25 A. V. Grosse 2, 167,650 Paraffin deh ydrogenation 
(Univ. Oil Products) 
P -26 H. P. Groll and J . Burgin 2, 184,235 Hydrocarbon dehydrogenat ion 
(Shell Dev. Co.) 
P -27 ]. C. Morrell and A. V. Grosse 2, 189,8 16 Paraffin deh ydrogenation 
(Univ. Oil Products) 
P -28 A. V. Grosse 2,194,280 Paraffin dehydrogenation 
(Univ. Oil Products) 
P-29 P. ]. Wiezevich and R . Rosen 2,209,215 Butadi ene production 
(Std. Oil Dev. Co.) 
P-30 ]. C. Morrell and A. V. Grosse 2,212,034 Paraffin dehydrogenation 
P -3 1 F. W. Mann and M. L. Chappell 1,214,204 Paraffin dehydrogenat ion 
(Std. Oil, California) 
P -32 K. H. Hochmuth 2,386,947 Catalytic dehydrogenation 
(Phillips Pet. Co.) 
P-33 K. H. Hochmuth 2,386,310 Butadi ene production 
(Phillips Pet. Co.) 
P-34 K. A. Wright 2,385,484 Olefin production 
(Shell Dev. Co. ) 
P-35 S. C. Fulton and K. K. Kearby 2,383,643 Catalytic dehydrogenation 
(Std. Oil. Dev. Co.) 
P-36 W. A. Schulze 2,377,580 Butadi ene production 
(Phillips Pet. Co.) 
P-37 R. G. Boatwright and \\'. C. Hewitt 2,376,323 Olefin production 
(Phillips Pet. Co.) 
P -38 W. A. Schulze and J. C. Hillrer 2,371 ,850 Paraffin dehydrogenation 
(Phillips Pet. Co.) 
P -39 K. K. Kearby 2,370,798 Paraffin dehydrogenation 
(Std. Oil Dev. Co.) 
P-40 K. K. Kea rby 2,370,797 Paraffin dehydrogenation 
(Std. Oil Dev. Co.) 
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P-41 H.P. Groll and J. Burgin 2,217,865 Dehydrogenation 
(Shell Dev. Co.) 
P-42 W. F. Huppke 2,261,159 Dehydrogenation catalyst (Phillips Pet. Co.) 
P-43 0 . Grosskinsky, N. Roh, G. Hoffman 2,265,641 Butadi ene production 
(Jasco, Inc.) 
P-44 C. M. Thacker 2,266,520 Paraffin dehydrogenation (Shell Dev. Co.) 
P-45 H.P. Groll and J. Burgin 2,270,165 Catalyst 
(Univ. Oil Products) 
P-46 G. H. Morey and F. E. Frey 2,270,887 Catalytic conversion 
(Phillips Pet. Co.) 
P-47 G. H. Visser and W. F. Engel 2,271,751 Catalyst 
(Shell Dev. Co.) 
P-48 M. P. Matuszak 2,274,988 Catalyst 
(Phillips Pet. Co.) 
P-49 J. F. Sturgeon 2,278,223 Catalyst manufacture 
(Univ. Oil Products) 
P-50 W. F. Huppke 2,279,198 H ydroca rbon conversion (Union Oil Co.) 
P -5 1 R. M. Roberts and J. Burgi n 2,300,971 Paraffin dehydrogenation 
(Shell Dev. Co.) 
P-52 L. Heard 2,304,168 Catalyst 
(Std. Oil, Indiana) 
P-53 L. Heard, R. V. Shankland, J. C. 2,345,600 Alumina gel cata lysts 
Bailie (Std. Oil, Indiana) 
P-54 V. Voorhees 2,355,831 Activation of catalysts 
(Std. Oil, Indiana) 
P-55 W. A. Schulze and J.C. Hillyer 2,362,218 Paraffin dehydrogenation 
(Phillips Pet. Co.) 
P-56 W. A. Schulze and J. C. Hill ye r 2,367,621 Paraffin dehydrogenation 
(Phillips Pet. Co.) 
P-57 W. A. Schulze, ] . C. Hillyer, 2,367,622 Paraffin dehydrogenation 
H. Drennan (.Phillips Pet . Co.) 
P-58 W. A. Schulze, J. C. Hillyer, 2,367,623 Parraffin dehydrogenation 
H. Drennan (Phillips Pet. Co.) 
P-59 J. L. Amos and F. ]. Soderquist 2,370,513 Diolefin production 
(Dow Chemical Co.) 
P-60 G. M. Webb and M.A. Smith 2,371,087 Aromat ization 
